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Comparison between deactivation pattern of catalysts in fixed-bed
and ebullating-bed residue hydroprocessing units
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Abstract

In residual oil upgrading by hydroprocessing, two types of reactor technologies namely, fixed-bed and ebullated-bed are commonly used. In
this paper the deactivation behavior of catalysts in both types of units is compared based on the information obtained from the analysis of spent
catalysts. In the fixed-bed unit, the concentration of vanadium deposits decreased from the entrance (first reactor) to the exit (last reactor), while,
carbon content of the catalyst increased from the entrance to the exit. The loss of surface area for the catalysts in various reactors of the fixed-bed
atmospheric residue desulfurization (ARDS) unit increased from the entrance to the exit. Distribution of the deposited vanadium with the catalyst
pellet was also different in different reactors. Catalysts in the front-end reactors were deactivated mainly by metal deposition, while the back-end
catalysts were primarily deactivated by coke deposition. The nature of the coke deposits on different catalysts was found to be significantly different
by 13C NMR, temperature programmed oxidation (TPO) and differential thermal analysis (TGA). Spent catalysts from the ebullated-bed reactor
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ontained a mixture of highly fouled and partly fouled catalysts. The coke on the highly fouled spent catalyst particles was more aromatic and more
ondensed compared with that on the lightly fouled catalyst particles. Considerable changes in the physical dimensions of the catalyst pellets were
oticed for the spent catalysts from the ebullating-bed reactor. In the ebullated-bed reactor, catalyst deactivation was caused not only by deposition
f metals and carbon, but also by changes in the physical and mechanical properties of the catalyst under the dynamic conditions of the process.

2006 Elsevier B.V. All rights reserved.
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. Introduction

Catalytic hydrotreating and hydroconversion processes are
xtensively used in the petroleum refining industry for the
pgrading of heavy oils and residues. Two types of reactor tech-
ologies, namely, fixed-bed and ebullated-bed are commonly
sed in these processes [1–4]. In the fixed-bed process, pre-
eated feed and hydrogen pass in the down-flow mode over
series of reactors packed with catalysts. In the ebullating-

ed process, pre-heated feed and hydrogen enter the bottom of
he reactor, and the catalyst bed is maintained in an ebullated
expanded) state by an upward flow of feed and the internal liquid
ecycles. In order to maintain a steady state activity, a provision
s made for periodic catalyst addition and withdrawal [5,6].

The catalysts used in these processes deactivate rapidly, and
any studies have been performed to understand the deactiva-

ion behavior of petroleum residue hydroprocessing catalysts
7–14]. The results of these earlier studies have revealed that
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the catalysts deactivate by the deposition of coke and metals.
Blockage of pores caused by coke and metal deposits makes the
active sites of the catalyst inaccessible to the reactants [15,16].

In the fixed-bed units, three stages of catalyst deactivation,
namely, a rapid initial deactivation at the start of the run, a slower
gradual deactivation at the middle of the run and a very rapid final
deactivation at the end of the run have been observed [13,17–19].
It is a common practice to increase the reactor temperature
gradually with time-on-stream to compensate for the loss of
catalytic activity and to maintain constant hydrotreating perfor-
mance in the fixed-bed residue hydroprocessing operations. In
the ebullated-bed process, a portion of deactivated (equilibrium)
catalyst is removed periodically from the bottom of the reactor
and fresh catalyst is added to maintain the reactor performance
at a steady level.

Deactivation of hydrotreating catalysts has been the subject
of some investigation in this laboratory [20–27]. In a previous
paper, we reported the relation between feed quality and coke
formation in a three-stage fixed-bed atmospheric residue desul-
furization process [26]. For the ebullated-bed residue hydrotreat-
ing process, information on catalyst deactivation is scarce. In
E-mail address: kdalama@yahoo.com (K. Al-Dalama). the present paper the deactivation behavior of catalysts in the

385-8947/$ – see front matter © 2006 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2006.03.013

mailto:kdalama@yahoo.com
dx.doi.org/10.1016/j.cej.2006.03.013


34 K. Al-Dalama, A. Stanislaus / Chemical Engineering Journal 120 (2006) 33–42

fixed-bed and ebullated-bed residue hydroprocessing operations
is compared based on the information obtained through the anal-
ysis of spent catalysts from both types of units. This study is a
continuation of our efforts to understand catalyst deactivation
problem in residual oil hydroprocessing units.

2. Experimental

Samples of spent catalysts from fixed-bed and ebullated-bed
residue hydroprocessing operations were obtained from Kuwait
National Petroleum Company’s Refineries. Schematic drawings
of both types of reactor systems are shown in Fig. 1a and b.
The ARDS unit has four reactors connected in series. The first
one is a guard chamber loaded with 7% of the total catalyst.
The catalysts used in all reactors were Co–Mo/Al2O3 type. The
surface area, pore volume and metal (Co and Mo) content of the
catalysts were, however, different. The front-end catalysts had
wide pores (pore diameter in the range of 120–150 Å), whereas
the back-end catalysts had narrow pores with pore diameter in
the range of 80–100 Å. The other three reactors hold about 31%
each of total catalyst. The feedstock processed in the ARDS unit
was atmospheric residue of Kuwait export crude (S = 4.3 wt.%;
V = 67 ppm; Ni = 20 ppm; N = 2500 ppm). Pre-heated feed and
hydrogen enter the first reactor and pass through the catalyst beds
in all four reactors in series maintained at the desired operating
conditions.
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In the case of the fixed-bed unit, the spent catalyst samples
were collected from the bottom of each reactor. Since the cata-
lysts were unloaded from the bottom of the reactors at the end
of their life (350 days), the samples collected from the bottom
will be more representative. For consistency, the spent cata-
lysts for all experiments were collected from one batch. For the
ebullated-bed reactor unit, spent catalyst sample was collected
from the equilibrium catalyst withdrawn from the reactor. The
spent catalysts were washed with toluene to remove contaminant
oil and dried before subjecting them to further characterization.
A sample splitter was used to obtain representative samples for
chemical and physical analysis.

The carbon content of each sample was determined by ele-
mental analysis using a CE instrument, model EA 1110. The
concentrations of deposited metals (V and Ni) in the spent cat-
alyst samples were determined using an inductively coupled
argon plasma (ICP) spectroscopy (Jobin Yvon, model 24). An
Autosorb adsorption unit, manufactured by Quantachrome Cor-
poration, USA, was used for measuring of the surface area by
BET method. Pore volumes of catalyst samples were deter-
mined by mercury intrusion using an Autoscan 60 porosimeter.
A Quantachrome dual auto tap apparatus was used for bulk den-
sity measurements.

A scanning electron X-ray microprobe analyzer (Jeol SXA-
8600) was used for measuring the concentration profiles of
contaminated metals (V and Ni) across the catalyst pellet. A ther-
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The ebullated-bed unit consists of a single reactor loaded with
he catalyst (Fig. 1b). The feed oil and hydrogen are heated to
he required temperatures and then mixed in a specially designed

ixture, before being introduced into the bottom of the reactor.
The catalyst bed is ebullated by the upward flow of the

eed and the internal liquid recycle. A portion of the spent
equilibrium) catalyst is periodically withdrawn from the bot-
om and fresh catalyst is added to maintain steady state
ctivity. A Ni–Mo/Al2O3 catalyst was used in the ebullated-
ed reactor operation. The feedstock used in the ebullated-
ed process was vacuum residue of Kuwait export crude
iluted with about 10–15% recycled gasoil (S = 5.2 wt.%; metals
V + Ni] = 110 ppm; N = 4400 ppm).

Fig. 1. (a) ARDS fixed-bed react
ogravimetric analyzer (Shimadzu, model TGA-50) was used
o measure the weight changes in catalyst samples as a function
f temperature. A Shimadzu DTA-50 model differential ther-
al analyzer was used to measure the thermal characteristics of

pent catalyst samples by measuring and recording both heating
emperature and enthalpy.

Temperature programmed oxidation (TPO) analysis was
one using a TGA-MS unit (TGA: Mettler Toledo model
DTA851; MS: Balzers model, Thermostat). About 20 mg of
atalyst sample was heated in the presence of a gas mix-
ure containing 15% O2 in helium flowing at a rate of
0 ml/min, and the different gaseous products CO2, SO2 and
O2 formed were monitored as a function of temperature using

t. (b) Ebullated-bed reactor unit.
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a mass spectrometer. A linear heating rate of 10 ◦C/min was
used throughout the analysis. Solid-state 13C NMR (Bruker
Avance300 spectrometer) was used to quantify and character-
ize the carbon in different structural moieties present in the coke
on catalysts. For more details see Hauser et al. [22].

For decoking of spent catalysts, a rotary furnace (Carbolite,
model HTR 11/75) was used. A gas mixture containing 5% O2
and 95% N2 was used for coke combustion initially. The gas flow
rate and furnace were controlled to keep the reactor temperature
below 500 ◦C during the decoking operation. After burning a
major part of the coke, the catalyst was heated in a current of air
at 500 ◦C to burn traces of the remaining coke.

3. Results and discussion

3.1. Catalyst deactivation in multiple reactor fixed-bed
residue hydrotreators

Spent catalyst samples collected from different reactors of
a four reactor industrial atmospheric residue desulfurization
(ARDS) unit were first extracted with toluene in a soxhlet
apparatus to remove the oil residues and then characterized by
chemical analysis and other techniques. The amounts of carbon
and metals (V and Ni) deposited on the catalysts in different
reactors are presented in Fig. 2. The results show the following
t
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Fig. 3. Catalyst surface area and pore volume losses in different reactors.

cessing in sequence and the end products leave from the last
reactor. In the first reactor, where the feed comes into contact
with the catalyst, hydrodemetallization (HDM) reactions begin
to occur and the metals removed from the feed start deposit-
ing on the catalyst surface. As more and more feed is processed,
more and more metals continue to deposit on the catalyst surface.
Accumulation of the metals causes deactivation of the catalyst
in the first reactor. As a result, metals and the other impurities
present in the feed come into contact with the catalyst in the next
reactor in the series (reactor 2) and the metals start depositing
on the catalyst in this reactor. With longer processing time, the
activity of the catalyst in reactor 2 declines due to the accumu-
lation of metals, and the contaminant metals find their way to
the other reactors in the series. The capacity for metals uptake
is usually different for different catalysts and decreases from
reactors 1 to 4 [28,29]. In agreement with this, the contaminant
metal (e.g. V) content is the highest in the first reactor and the
lowest in the last reactor.

Unlike the metal deposits, the amount of carbon deposited on
the catalyst increases progressively from reactors 1 to 4 in the
series. In other words, the minimum deposition of carbon occurs
in the first reactor and increases towards the last reactor. This
trend in coke deposition may be attributed to a combination
of factors, such as changes in the quality of the feed entering
different reactors as well as to variations in hydrogen partial
pressure. In the first reactor, the atmospheric residue feed is par-
t
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rends.
In a series of four reactors in the ARDS unit, the concentra-

ion of vanadium and nickel deposited on the catalyst decreases
rom the first reactor to the last reactor. Carbon deposition on
he catalyst shows the opposite trend. It increases from the first
eactor to the last reactor. Surface area and pore volume losses
re highest for the catalyst in the last reactor and lowest for the
atalyst in the first reactor (Fig. 3). On decoking, the surface
rea recovery is considerably higher for the catalysts from the
ack-end reactors compared with the front-end reactors. The
ore volume improvement after decoking is also substantially
igher for the back-end reactors (Fig. 4). These results can be
xplained as follows.

In a four-reactor ARDS unit, the metals containing feed enters
he first reactor and passes through the catalyst bed in the 1st,
nd, 3rd and 4th reactors in series, where it undergoes hydropro-

ig. 2. Amount of carbon, nickel and vanadium deposits on spent catalysts in
ifferent reactors.
ially demetallized and desulfurized over a HDM catalyst. This
artially hydrotreated product from the first reactor may contain

ig. 4. Surface area and pore volume increase after decoking for catalysts in
ifferent reactors.
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reaction intermediates such as unstable radicals and low reac-
tive polynuclear aromatic hydrocarbons present in the original
feed as well as highly condensed asphaltenes that have a high
propensity for coke formation. With increasing processing time,
the concentrations of these coke precursors in the products from
the front-end reactors increase progressively and pass on to the
other reactors in sequence and can, thus, enhance coke forma-
tion in the back-end reactors. This process is further accelerated
by a progressive decrease in the hydrogen partial pressure from
the first to the last reactor due to the presence of H2S and light
hydrocarbons in the hydrogen stream.

The surface area and pore volume data in Figs. 3 and 4 indi-
cate that for the front-end catalysts that have accumulated more
metal deposits than coke, the surface area and pore volume
recovery after coke removal is very low implying that both the
surface area and pore volume losses in these catalysts are caused
mainly by metal deposits. Coke plays only a minor role in the
deactivation of the front-end catalysts by surface area and pore
volume loss. In the back-end catalysts the gain in surface area
and pore volume after coke removal is remarkably high. The
results suggest that coke deposition is the dominant cause for
pore volume loss in the last reactor, whereas metal deposition is
primarily responsible for porosity loss in the first reactor.

In addition to the chemical analysis and physical properties
tests, some special tests such as temperature-programmed oxi-
dation (TPO), differential thermal analysis (DTA), 13C NMR
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Fig. 5. CO2 profiles for TPO of spent catalyst samples from different reactors.

Fig. 6. SO2 profiles for TPO of spent catalyst samples from different reactors.

coke oxidation starts at 250 ◦C and is complete at 550 ◦C. The
temperature at which CO2 peak maximum occurs increases from
380 to 440 ◦C as we move from reactor 1 to reactor 4. The exact
reasons for this difference in the coke combustion temperature
range are not clear. Analytical data indicate that the spent catalyst

Fig. 7. NO2 profiles for TPO of spent catalyst samples from different reactors.
nd electron microprobe analysis were used to characterize the
pent catalyst samples from different reactors.

.2. TPO

The spent catalyst samples collected from different reactors
ere subjected to TPO with a gas mixture containing 5% O2 in
elium. A linear heating rate of 10 ◦C/min was used throughout,
nd the different gaseous products formed during coke oxida-
ion were monitored as a function of temperature using a mass
pectrometer. The main purpose of the study was to obtain infor-
ation on the nature of the coke deposits on the catalysts in

ifferent reactors and their reactivities.
During the TPO of spent catalyst samples, oxides of C, S

nd N were formed indicating the presence of C, N, and S in
he spent catalysts. The peak shapes and peak temperatures of
he gases evolved during the TPO runs differed considerably for
he spent catalysts from different reactors. The TPO profiles and
eak temperatures observed for the major products, i.e. CO2,
O2 and NO2, formed during the TPO of spent catalysts from
ll four reactors are compared in Figs. 5–7, respectively. CO2
ormation during the TPO of the spent catalyst of reactors 1
nd 2 shows a major peak at 380 ◦C with an unresolved second
eak appearing as a shoulder at 430 ◦C (Fig. 5). In the case of
he spent catalyst from the back-end reactors (3 and 4), a single
road peak with a maximum around 420–430 ◦C is seen for
O2 emission. The temperatures at which coke oxidation starts
nd ends increase progressively from reactors 1 to 4. Thus, for
xample, coke oxidation for spent catalyst from the front-end
eactor 1 and 2 starts at a temperature around 200 ◦C and ends
t 450 ◦C, whereas in the case of spent catalyst from reactor 4,
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from different reactors have different vanadium contents. The
vanadium contents of spent catalysts decrease from reactor 1 to
reactor 4. Spent catalysts from reactor 1, which contain a larger
concentration of vanadium, exhibit a lower temperature range
for coke oxidation. It appears that the V present in the spent
catalyst enhances the oxidation of coke. Vanadium-catalyzed
oxidation of coke has been reported earlier by Massoth [30] and
Zeuthen et al. [31].

The TPO profiles for SO2 show three peaks (Fig. 6). The
oxidation of sulfur occurs even before the coke oxidation and
formation of CO2 starts. The absence of a CO2 peak coincid-
ing with the first (240 ◦C) and the third (690 ◦C) SO2 peaks
suggests that the form of sulfur, which oxidizes at these tem-
peratures, is not associated with coke. From the TPO of fresh
sulfided catalyst, it has been found that the oxidation of Ni/Mo
sulfides to SO2 occurs between 200 and 250 ◦C. Therefore, as
suggested by previous workers [32–37] the first broad low-
temperature SO2 peak can be attributed to the oxidation of
metal sulfides present in the catalyst. The second SO2 peak
appears exactly in the temperature region, where major part car-
bon combustion to CO2 takes place indicating that the organic
sulfur present in the coke is oxidized together with carbon in
this temperature region. The spent catalysts from all reactors
also exhibit high-temperature SO2 peaks occurring between 600
and 700 ◦C. No CO2 peak coincides with this high-temperature
SO peak. This high-temperature SO peak could be attributed
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Fig. 8. Differential thermal analysis curves for spent ARDS catalysts from the
four reactors.

decompose in this temperature region. But more work is needed
to identify the species involved.

3.3. DTA

DTA profiles of the spent catalyst samples from different
reactors are compared in Fig. 8. The results indicate the fol-
lowing: the DTA profile of each catalyst has three exothermal
peaks. The temperatures at which the exothermal peaks appear
are slightly different for different catalysts. The first exothermal
peak appears in the temperature region of 240–270 ◦C for the
1st and 2nd reactor catalysts, but they are shifted to a slightly
higher temperature (i.e. 300 ◦C) for the 3rd and 4th reactor
spent catalyst. The second exothermal peaks are relatively large
for all catalysts and the peak temperatures show a substantial
increase from the 1st to the last reactor. The third exother-
mal peak appears as an unresolved protrusion after the 2nd
peak.

The oxidative reactions of carbon, sulfur, and nitrogen that
occur during coke combustion are exothermic and yield high
heats of reaction that are shown as exothermic peaks in the DTA
plots [32]. The first exothermal peak appears in the temperature
region of 240–270 ◦C where the metal sulfide oxidation occurs.
Therefore, the first broad exothermal peak in the DTA plots in
Fig. 8 can be assigned to metal sulfides oxidation.
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o the decomposition of metal sulfates to SO2. Under oxi-
izing conditions at temperatures around 500 ◦C, metal sul-
ates such as Al2(SO4)3 could be formed by reaction of sulfur
xides with Al2O3, which may undergo thermal decomposi-
ion to metal oxide and SO2 at higher temperatures [38]. As
n the case of CO2 formation, the positions of first two peaks
re shifted to lower temperatures in moving from the back-
nd to front-end reactors due to the accelerating influence of
anadium.

The NO2 profiles are also different for different catalysts
Fig. 7). In the case of the spent catalyst from reactors 1 and
, three peaks coinciding with the three SO2 peak temperatures
re noticed, which indicate that three types of nitrogen species
re present in these catalysts. One type of nitrogen is oxidized
ith the formation of a peak at temperatures around 240 ◦C.
ince this peak appears before the occurrence of a CO2 peak
nd coincides with first SO2 oxidation peak, it is reasonable to
uggest that this type of nitrogen species is associated with the
ctive sulfide (Ni–Mo–S) phase. The basic nitrogen compounds
resent in the residual oil could be strongly adsorbed on the coor-
inatively unsaturated sites of active metal sulfide phase of the
atalyst, and could be oxidized with the S in the metal sulfides
o form nitrogen oxides together with SO2.

The second type of nitrogen is associated with coke and oxi-
izes together with carbon forming a peak at a temperature of
round 380 ◦C, coinciding with the prominent CO2 peak. The
hird nitrogen species is oxidized at very high temperatures close
o 700 ◦C. The peak for this nitrogen species coincides with the
igh temperature SO2 peak formed by the decomposition of
etal sulfates. It is likely that a part of the nitrogen is associ-

ted with the metal sulfates or present as metal nitrates which
The temperature at which the second peak appears
370–450 ◦C) matches the coke oxidation temperature region
bserved in the temperature-programmed oxidation (TPO) of
oke on spent catalysis. The progressive shift in the coke oxi-
ation peak temperature to a higher region with decreasing
anadium content of the catalyst as one moves from the first
o the last reactor is consistent with the TPO results and confirm
he role played by vanadium in coke oxidation.

Fig. 9 shows the weight loss curves as a function of temper-
ture obtained by thermogravimetric analysis (TGA) of spent
atalyst samples from the four reactors. Three different zones
f weight loss are noticed in the curves. These three zones
orrespond exactly to the three exothermal peaks observed in
he DTA curves and, hence, provide additional evidence for the
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Fig. 9. Thermal gravimetric analysis curves for spent catalysts from four reac-
tors.

conclusion reached in the DTA and TPO studies concerning coke
and metal sulfide oxidation.

3.4. Coke characterization by 13C NMR spectroscopy

Spent catalyst samples collected from different reactors were
further characterized by 13C NMR analysis to obtain information
about the nature of the coke deposits on the catalyst.

The aromaticity of the deposited coke and different types of
aromatic carbon in the coke, such as tertiary, quaternary, alkyled
substituted and carbon in bridge head positions of fused aromatic
rings were quantitatively estimated from the 13C NMR signals
assigned to these structural groups. The procedures used for the
NMR technique have been described in a previous paper [22].
The results are presented in Table 1.

The results show that the coke deposits in the back-end reac-
tor catalysts are more aromatic and contained less amount of
alkyl groups than that of the front-end catalysts. The aromatic
carbons in bridge-head portions, which indicate the degree of
condensation of coke structure, are not appreciably different in
different spent catalysts.

3.5. Distribution of deposited metals

Distribution profiles of the deposited metals (V and Ni) within
t
m
d

Fig. 10. Distribution profiles of vanadium within the decoked catalyst pellets
sampled from different reactors.

uniform in reactor 1 spent catalyst than the others (Fig. 10).
Vanadium concentration decreases towards the center of the pel-
let and that near the outer edge sharply increases in moving from
the first to the last reactor in the series.

The variation in the distribution profiles of vanadium can
be attributed to the differences in the pore size and composi-
tion of the different types of catalysts in different reactors since
these parameters determine the diffusion rate and the chemi-
cal reaction rate of the metal-containing molecules [39]. The
catalyst in the first reactor has larger pores and low intrin-
sic activity. The ratio of diffusion rate to chemical reaction
rate is high in such catalysts. Consequently, the metal-bearing
molecules diffuse deeper into the pores and the metal deposits
are homogeneously distributed. The catalysts in the back-end
reactors have narrow pores and high intrinsic activity. In nar-
row pore catalysts, the diffusion rates are low, and due to the
high intrinsic activity, the ratio of chemical reaction to diffu-
sion rate will be high. Hence, the metal-containing molecules
react as soon as they enter the pores, depositing more met-
als near the pore mouths. Non-uniform vanadium distributions

T
A talysts from different reactors

S rnary Distribution of aromatic carbon

Alkyl substituted 3-Ring junction 2-Ring junction Rest

R
R
R
R

he spent catalyst pellets picked from different reactors and
easured by electron microprobe analysis, show that vanadium

istribution across the pellet cross-section is higher and more

able 1
liphatic, total aromatic and aromatic carbon distribution in the spent ARDS ca

ample Aliphatic carbon Total aromatics Tertiary Quarte

1 24 76 5 71
2 18 82 6 76
3 16 84 25 29
4 11 89 35 54
28 5 21 17
26 5 25 20
14 4 21 20
14 5 24 11
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Fig. 11. Distribution profiles of nickel within the spent catalyst pellets samples
from different reactors.

with maximum concentrations at the edges, observed for the
spent catalysts in reactor 3 and 4, are in agreement with this
argument.

Nickel distribution within the pellet was found to be more
uniform than vanadium (Fig. 11). The differences in deposi-
tional patterns between nickel and vanadium can be explained
in terms of the differences in the reactivities and diffusivities
of the molecular species containing these metals. Studies have
shown that nickel-containing molecules in residual oil diffuse
more easily into the catalyst pores than the vanadium-containing
species [39]. It is reported that the effective diffusivity for nickel
is almost twice that of vanadium. As for the reactivities of two
metals, hydrometallization studies with residues as well as with
model compounds have shown that vanadium removal rates
exceed those of nickel. It has been suggested that the vana-
dium compounds are more reactive because the vanadium is
coordinated with the protruding oxygen atom, and this makes
them more subject to attack [39]. The lower reactivity of nickel
together with its higher diffusion rates, thus, appears to be
responsible for its deeper penetration into the catalyst pellet.
In consequence, nickel is more uniformly deposited throughout
the catalyst pellet even in narrow pore catalysts compared with
that of vanadium.

3.6. Catalyst deactivation in ebullated-bed residue
h
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Table 2
Characteristics of heavy and light portions of spent NiMo catalysts from an
industrial ebullated-bed reactor unit

Catalyst property Spent
mix

Fouled
light

Heavily
fouled

Chemical properties
V (wt.%) 10.58 4.37 13.83
C (wt.%) 16.20 15.80 16.30
Ni (wt.%) 4.03 3.48 5.21

Physical properties
Surface area (m2/g) 68 122 55
Bulk density (g/m) 1.09 0.97 1.21
Side crushing strength (lb/mm) 1.80 2.10 1.78
Pore volume (ml/g) 0.17 0.21 0.11

Particle length distribution (wt.%)
<1.5 mm 25.2 14.4 40.0
1.5–3.0 mm 42.3 23.5 37.0
3.0–6.0 mm 32.5 61.3 23.0
>6.0 mm 0.0 0.8 0.0

Spent catalysts from the ebullated-bed reactor contained a
mixture of highly fouled and partly fouled catalysts. They were
separated by jigging technique using a mineral jig (Model IM,
Denver Equipment, England), and then characterized. The char-
acteristics of the heavy and light portions of the spent catalysts
are presented in Table 2. It is seen that the heavily fouled cata-
lyst has substantially more vanadium (14 wt.%) than the lightly
fouled ones (V = 4.4 wt.%). The carbon content does not differ
appreciably between the two types of spent catalyst particles and
remains constant at around 16 wt.%. The surface area and pore
volume of the lightly fouled spent catalyst particles are substan-
tially higher than that of the heavily fouled catalyst particles.
Since fresh catalyst is added and spent catalyst is withdrawn
periodically in ebullated-bed reactors, and since the catalyst par-
ticles are in continuous motion, it is likely that a portion of the
catalyst, which is not fully deactivated by metal deposition is
also withdrawn. The percentage of the vanadium in the spent
catalyst particles reflect the age of the catalyst in the reactor, and
indicate that the catalyst with high-vanadium content (heavily
fouled particle) has been in the reactor for a longer period of time
than the low-vanadium content particle. Deposition of metals on
the catalyst increases its bulk density. The heavily fouled spent
catalyst particles with higher vanadium content have a higher
bulk density than the lightly fouled catalyst.

Considerable changes in the physical dimensions of the cat-
alyst pellets are also noticed for the spent catalyst from the
e
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ydroprocessing units

In the ebullated-bed process, the catalyst bed is expanded by
he upward flow of the feed recycle oil and hydrogen from the
ottom of the reactor. The feedstock, hydrogen and extrudate
atalyst particles are brought together in constant motion.
bullating-bed reactor (Table 2). Particle length distribution is
ignificantly altered with a remarkable increase in the percent-
ge of smaller particles. The fresh catalysts usually have around
% of the small particle with length less than 1.5 mm, but in
he spent catalyst about 25% of the particles have length less
han 1.5 mm. The percentage particles in the larger length range
3–6 mm) is reduced from 70% in the fresh catalysts to around
2% in the spent catalysts. The particle length reduction is con-
iderably larger in the case of the heavily fouled spent catalysts.
orty percent of the particles in the heavily fouled catalyst por-

ion have length less than 1.5 mm compared with 14.4% in the
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lightly fouled catalysts. About 61% of the lightly fouled cata-
lyst particles have larger length in the range of 3–6 mm whereas
only 23% of the heavily fouled spent catalysts have length in
this range.

The physical dimensions of the catalyst (particle length,
diameter, shape, etc.) play an important role in the ebullation
behavior of the catalyst bed. If the particle dimensions are very
small, a large proportion of the catalyst will tend to float over the
top of the bed. As a result, the bed uniformity will be affected and
catalyst carry-over is possible. On the other hand, if the particle
size is too large, the bed expansion will be low. This is undesir-
able since low bed expansion will affect the mixing pattern and
reduce the catalyst contact with oil and hydrogen. The bulk den-
sity of the catalyst also has a significant effect on the bed expan-
sion. A higher bulk density will require more ebullating fluid
flow to achieve the required bed expansion. In contrast, if the
particles are light and have low density, the catalyst will require
low fluid flow that may affect the reactor’s mass and heat balance.

The length distribution and bulk density of fresh catalysts
used in the ebullated-bed hydroprocessing units are usually
made to meet the specifications for the designed expansion of
catalyst-bed in the reactor. The results of the present studies
clearly show that in the ebullated-bed reactor, catalyst deac-
tivation and malfunctioning is caused not only by deposition
of metals and carbon, but also by changes in the physical and
mechanical properties of the catalyst under the dynamic condi-
t
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Fig. 13. TPO profiles of various gases produced from lightly fouled spent cata-
lyst sample.

which requires higher temperatures for combustion [31,35,37].
The CO2 peak positions are, however, slightly different for the
two samples. In the sample with high vanadium content (heavily
fouled), the CO2 peak maximum occurs at a lower temperature
compared with that for the lightly fouled catalyst sample. This
is consistent with the results reported earlier for the fixed-bed
catalysts.

Sulfur oxides (SO and SO2) formation from both samples
during TPO occurs at three temperature regions with three peaks.
The TPO profiles of SO and SO2 are similar in both types of spent
catalyst samples. The first peak appearance in the temperature
region of 200–250 ◦C could be assigned to SO2 formation from
the oxidation of metal sulfides as discussed earlier under the
TPO results of fixed-bed spent catalysts. In temperature region
of 325–450 ◦C, SO and SO2 profiles exhibit two overlapping
peaks with maximum at temperatures 350 and 390 ◦C. Since
these peaks coincide exactly with the CO2 peaks, it is possible to
suggest that the sulfur oxides formed in this temperature region
originate from the oxidation of sulfur associated with coke in
the catalyst.

The third SO2 peak which occurs at a higher temperature of
650 ◦C is similar to that observed in the case of fixed-bed spent
catalysts and could be assigned to the decomposition of metal
sulfates as previously discussed. The last two SO2 peaks formed
by the oxidation of S in the coke and by the decomposition
of metal sulfates, respectively, are shifted slightly to a lower
t
t
a
c

a
r
n
a
p
n
r

ions of the process.
The coke deposit on the two types of spent catalysts picked

rom the ebullated-bed hydroprocessing unit was further char-
cterized by TPO and NMR. The TPO profiles of the various
ases (CO2, SO, SO2, NO and NO2) produced during TPO of
he heavily fouled and lightly fouled catalyst samples are pre-
ented in Figs. 12 and 13. In both samples carbon combustion
tarts at a temperature around 220 ◦C and ends at temperature
round 500 ◦C. The CO2 produced during the TPO shows two
road overlapping peaks in both cases indicating the presence of
wo types of coke. Several authors have reported the presence of
wo kinds of coke, a reactive soft coke, which can be removed

ore easily at low temperatures, and a refractory hard coke,

ig. 12. TPO profiles of various gases produced from heavily fouled spent cat-
lyst sample.
emperature region in the highly fouled catalyst and confirm that
he vanadium present in the spent catalysts enhances S oxidation
nd decomposition of sulfates to sulfur oxides the same way as
oke oxidation to CO2.

The oxidation of nitrogen present in both types of spent cat-
lysts to nitrogen oxides (NO and NO2) takes place in the same
egion where carbon combustion occurs which indicates that the
itrogen is associated with coke. The starting of NO formation
nd its peak maximum, however, occur at a slightly higher tem-
erature than that for NO2 in both types of catalysts. A part of the
itrogen, which is preferentially adsorbed on the acid sites, may
emain beneath the coke layer. The asphaltenes and polynuclear



K. Al-Dalama, A. Stanislaus / Chemical Engineering Journal 120 (2006) 33–42 41

Fig. 14. 13C NMR spectra of coke deposits on lightly fouled and heavily fouled catalysts.

aromatics compounds present in the residual oil feed contain
heterocyclic nitrogen compounds that are more susceptible to
coke formation due to their strong interaction with the acid sites
of the catalyst surface [40,41]. The oxidation of this nitrogen
is likely to start after a large part of the coke is removed by
combustion. Zeuthen et al. [42] have made similar observation
during the TPO of nitrogen aged hydroprocessing catalysts. The
peak positions of both nitrogen oxides (NO and NO2) in the two
types of catalysts are slightly different. In the case of the highly
fouled spent catalyst, the peak maximum for both oxides occur
at a lower temperature than that of the low-vanadium containing
lightly fouled catalyst in much the same way as the CO2 and
SO2 formation peaks, and indicates the accelerative influence
of vanadium on the oxidation of nitrogen present in the coke
during coke combustion.

13C NMR spectra of coke deposits on the lightly fouled and
heavily fouled catalysts are compared in Fig. 14. The regions
from 0 to 70 ppm and 90–190 ppm are attributed to the aliphatic
carbon and total aromatic carbon, respectively. The distribution
of different types of aromatic carbons in both types of catalysts
estimated from the NMR signals is compared in Table 3.

It is seen that the coke on the heavily fouled spent cata-
lyst particles is more aromatic and more condensed with less

Table 3
NMR data for coke deposits formed on lightly fouled and heavily fouled spent
c

N

T
T
Q
T
D
A
A
D
D

number of alkyl substituents compared with that on the lightly
fouled catalyst particles. Since the highly fouled spent catalyst
has been in the reactor for a longer period of operation, it is likely
that the coke deposits have undergone further reactions such as
dealkylation, dehydrogenation and condensation under the high
temperature conditions resulting in a more aromatic coke with
a lower number of alkyl substituents.

4. Summary and conclusions

In the present work, the deactivation behavior of catalysts in
industrial fixed-bed and ebullated-bed residue hydroprocessing
units was investigated through detailed characterization of the
spent catalysts collected from these units. Spent catalyst sam-
ples were obtained from Kuwait refineries. They were soxhlet
extracted with toluene to remove the oil residues and then ana-
lyzed to determine the amount of coke and metal (V and Ni)
deposits. The catalysts were also characterized by surface area
and pore volume measurements, TPO analysis, DTA and TGA
along with 13C NMR and electron microprobe analysis. The
important results and conclusions of the studies are summarized
below.

4.1. Fixed-bed unit

t
c
c
r
t
c
t
a
i
w
t

atalysts

MR data Lightly fouled
spent catalyst

Heavily fouled
spent catalyst

otal aromatic carbon, Car (wt.%) 87 94
ertiary aromatic carbon, Car, t (wt.%) 52 47
uaternary aromatic carbon, Car, q (wt.%) 35 47
riple bridged aromatic carbon, Car, b3 4 10
ouble bridged aromatic carbon, Car, b2 15 22
lkyl substituted aromatic carbon, Car, R 16 13
romaticity (fa) 0.87 0.94
egree of condensation (γ) 0.22 0.35
egree of substitution (σ) 0.24 0.21
Spent catalysts from the four-reactor fixed-bed unit, con-
ained coke and metal (V and Ni) deposits, but the amount of
oke and metals were different in different reactors. The con-
entration of metals decreased from the first reactor to the last
eactor, while carbon content of the catalyst showed the opposite
rend. Surface area and pore volume losses were higher for the
atalysts in the back-end reactors. For the front-end catalysts,
hat had accumulated more metals than coke, the surface area
nd pore volume recovery after decoking was very low imply-
ng that both surface area and pore volume losses in the catalyst
ere caused mainly by metal deposits. In the back-end catalysts,

he gain in surface area and pore volume after coke removal was
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remarkably high indicating that coke deposition was the domi-
nant cause of the deactivation of these catalysts.

TPO, DTA and 13C NMR analysis showed significant differ-
ences in the nature of the coke deposits on different catalysts.
Heteroatoms such as nitrogen and sulfur were present in the coke
and they were oxidized to NO2 and SO2 during TPO. The peak
positions of CO2, SO2 and NO2 gases formed during TPO were
shifted to lower temperatures with increasing vanadium content
the spent catalysts due to the accelerating influence of vanadium
on the oxidation of coke and the S and N species in the coke.
13C NMR results showed that the coke deposits in the back-end
reactor catalysts were more aromatic and contained less amount
of alkyl groups than that of the front-end catalysts. The degree of
condensation of coke structure, were not appreciably different
in different spent catalysts.

Distribution profiles of the deposited metals (V and Ni) within
the spent catalyst pellets picked from different reactors and mea-
sured by electron microprobe analysis, showed that vanadium
distribution across the pellet cross-section was higher and more
uniform in reactor 1 spent catalyst than the others. Vanadium
concentration decreased towards the center of the pellet and that
near the outer edge sharply increased in moving from the first
to the last reactor in the series. Nickel distribution within the
pellet was found to be more uniform than vanadium in the spent
catalyst samples from all four reactors.
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.2. Ebullated-bed unit

Spent catalysts from the ebullated-bed reactor contained a
ixture of highly fouled and partly fouled catalysts. The heavily

ouled catalyst contained a substantially more amount of vana-
ium (14 wt.%) than the lightly fouled ones (V = 4.4 wt.%). The
arbon content did not differ appreciably between the two types
f spent catalyst particles. However, the aromaticity and TPO
rofiles of coke on the two types of catalysts were significantly
ifferent. The surface area and pore volume of the lightly fouled
pent catalyst particles were substantially higher than those of
he heavily fouled catalysts. Since fresh catalyst is added and
pent catalyst is withdrawn periodically in ebullated-bed reac-
ors, and since the catalyst particles are in continuous motion, it is
ikely that a portion of the catalyst, which is not fully deactivated
y metal or coke deposition is also withdrawn. Considerable
hanges in the physical dimensions of the catalyst pellets were
lso noticed for the spent catalyst from the ebullating-bed reac-
or. Particle length distribution was significantly altered with a
emarkable increase in the percentage of smaller particles having
ength less than 2 mm; this could affect the bed uniformity and

ixing pattern in the reactor. In the ebullated-bed reactor, cat-
lyst deactivation was caused not only by deposition of metals
nd carbon, but also by changes in the physical and mechanical
roperties of the catalyst under the dynamic conditions of the
rocess.
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